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Abstract

Flow maldistribution in either a bench-scale or commercial scale packed bed is often responsible for the failure of the scale
down unit to mimic the performance of the large reactor. The modeling of multiphase flow in a bench-scale unit is needed for
proper interpretation of reaction rate data obtained in such units. Understanding the mechanism of flow maldistribution is the
first step to avoiding it. In order to achieve this objective, computational fluid dynamic (CFD) simulations of multiphase flow
under steady state and unsteady state conditions in bench-scale cylindrical and rectangular packed beds are presented for the
first time. The porosity distribution in packed beds is implemented into CFD simulation by pseudo-randomly assigned cell
porosity values within certain constraints. The flow simulation results provide valuable information on velocity, pressure, and
phase holdup distribution. © 2001 Elsevier Science B.V. All rights reserved.
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1. Introduction

Packed bed reactors with multiphase flow have
been used in a large number of processes in refinery,
fine chemicals and biochemical operations. Effective
scale up of bench-scale packed bed reactors in the
development of new processes and scale down of
the commercial units in the improvement of existing
processes have become predominant tasks in the re-
search and development divisions of many companies
[1]. The paradigms of scaling up packed bed reactors
from bench-scale to pilot scale and industrial units
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have been explored in detail in the literature [1–4] and
reviewed recently by Sie and Krishna [1], Krishna
and Sie [5], Dudukovic et al. [6]. The scaling down of
multiphase packed bed is, in fact, even tougher since
many issues such as liquid back mixing and liquid
maldistribution become more apparent when the reac-
tor scale is reduced [7,8]. The critical question is how
to effectively produce reliable bench-scale data. To an-
swer this question, and to come up with a new strategy
for scaling down packed beds, studies of the following
issues are required: (1) understanding multiphase flow
maldistribution in bench- and pilot-scale packed beds,
(2) assessing the effect of flow maldistribution on
reactor performance in terms of conversion and selec-
tivity; developing a method to ‘correct’ the bench- and
pilot-scale experimental data for non-ideal flow behav-
ior and (3) preventing flow maldistribution happening
in experimental units (e.g., using fines [9,10]). In this
paper, we mainly focus on the first aspect, which is
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Nomenclature

Agl , Akl working parameters
Bgl , Bkl working parameters
dp particle diameter (m)
E1, E2 Ergun constants (E1 = 180,

E2 = 1.8)

f particle external wetting factor
FD(k–l) drag between phases k and lg
g gravity (m/s2)
J J-function
P or p pressure (N/m3)
PG pressure in gas phase (N/m3)
PL pressure in liquid phase (N/m3)
r radial position in cylindrical

coordinate (m)
R radius of packed beds (m)
t time (s)
THE1–3 solid, liquid and gas volume

fraction in CFDLIB data set
uk material k interstitial velocity

(cm/s)
u′

k fluctuating part of material k
interstitial velocity (cm/s)

Ug0 gas feed superficial velocity (m/s)
Ul0 input interstitial velocity,

Ul0=U0/εB (m/s)
V2 interstitial liquid phase velocity

in CFDLIB data (cm/s)
V3 interstitial gas phase velocity

in CFDLIB data (cm/s)
Vk superficial velocity of fluid k (m/s)
Vr relative superficial velocity

between gas and liquid defined
in Eq. (5d) (m/s)

Vz axial velocity component (cm/s)
Xkl momentum exchange coefficient

between phases k and l
X, Y X–Y rectangular coordinates,

vertical direction (Y), horizontal
direction (X)

Z r–Z coordinates, axial
coordinate (Z)

Greek letters
αk material indicator (αk = 1 if material

k is present; αk = 0 otherwise)

ε(r) longitudinal averaged porosity at
radial position r

ε(z) cross-section averaged porosity at
position z

θk material k volume fraction
(θk = 〈αk〉), k = g, l, s

µg viscosity of gas phase (Pa s)
µk viscosity of fluid k (Pa s)
ρg density of gas phase (kg/m3)
ρk density of material k,

ρk ≡ 〈αkρ0〉 (g/cm3)
ρ0 material density (kg/m3)
σ s surface tension
〈 〉 ensemble-average
∇· divergence

to understand how multiphase flow is distributed spa-
tially and temporally in packed bed reactors and how
this affects the laboratory-scale experimental data.

The experimental studies of the flow pattern in
packed beds have been conducted mostly for the sys-
tem with ‘saturated’ single phase flow (e.g., gas flow
or liquid upflow) using exit velocity measurements
[11] and few non-invasive measurements [12,13].
Multiphase flow measurements in bench-scale packed
beds have not been reported in the open litera-
ture although the recent high-resolution tomography
techniques provide hopes in that direction [13–17].
Therefore, numerical simulation of multiphase flow in
bench-scale packed beds is of significance in offering
an improved understanding of such flows.

The performance of a packed bed is mainly depen-
dent on the dynamic flow texture in the tortuous inter-
stitial space and kinetic characteristics of the system.
Dynamic multiphase flow modeling in such complex
multi-dimensional space is a challenging task due to
a number of issues involved. For instance, one has
to find ways to deal with: (i) complex geometry of
the voidage space; (ii) various scales of flow distribu-
tion (i.e. particle scale, cell scale and bed scale); (iii)
complicated interactions between flowing phases and
between fluids and the stationary catalyst particles. To
overcome these complexities of the system, a variety
of simplified phenomenological models have been
developed in literature. The following approaches
were suggested: (a) ‘diffusion’ model (see [18]); (b)
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‘sphere-pack’ model (see [19]); (c) ‘percolation’ the-
ory (see [20]); (d) ‘porous media’ method (see [21]);
(e) ‘energy minimization’ approach [22–24]. Most of
these models dealt with gas–liquid concurrent down-
flow in 2D rectangular packed beds with relatively
large size of particles (3–6 mm) at steady state condi-
tion. The modeling of two-phase flow in a bench-scale
cylindrical tube with typical particle size used in
industry is simply not available. Although computa-
tional fluid dynamics (CFD) has been recently applied
in case of gas flow in a single-tube fixed bed for heat
transfer study [25], the diameters of the tube and the
particles (e.g., 12 cm tube with 5 cm particles) used
are completely different than those employed in the
study of catalytic reactions.

In this paper, we present our recent numerical
efforts on two-phase flow modeling in bench-scale
cylindrical and rectangular packed beds using the
CFD tool. The results are presented for operations at
steady and unsteady state (e.g., periodic liquid feed),
which have been previously examined in the studies
of catalyst screening and reactor performance en-
hancements [26]. The effects on the experiments for
flow of non-uniformity inside the packed beds were
discussed. To explore the fluid dynamic mechanism
for performance enhancement under periodic inflow
mode, a comparison of flow distribution under steady
state liquid feed and periodic liquid input in packed
beds is given.

2. Flow domain and its description

The difficulties in modeling flow in catalytic packed
beds are mainly due to the complex nature of the flow
domain that is formed by passages around randomly
packed particles. The structure of this interstitial space
inside the packed bed is mainly determined by particle
size (dp), particle shape (φ), ratio of column diameter
and particle diameter (Dr/dp), and the packing method.
Experimental measurement and computer simulation
of porosity distribution in packed beds have been
the subject of many investigations for a considerable
period of time [27,28]. Although the detailed 3D
porosity information can be achieved through com-
puter simulation of random packing [28], an axisym-
metric description of 2D porosity distribution, ε(r, z),
can be considered a good approximation in a certain

sense. The longitudinally averaged radial porosity
profile, ε(r) was experimentally found to oscillate for
a distance of 3–4 particle diameters from the wall,
whereas the cross-sectional averaged porosity along
the length of the bed, ε(z), is distributed randomly
[29]. For flow simulation purpose, in axisymmetric
cylindrical coordinates (r–z) one can generate a 2D
pseudo-random porosity distribution constrained by
the mean porosity and the longitudinally averaged ra-
dial porosity profile (i.e., ε(r)). Fig. 1 shows such gen-
erated porosity distribution by displaying the porosity
profiles ε(r) and ε(z). The dimension of the reactor in
Fig. 1 is 22.5 cm in length and 2.4 cm in diameter. The
spherical particles used are 1.5 mm in diameter. It is
well known that for a given reactor, the radial poros-
ity profile, ε(r) is changed with the change in particle
diameter, and the axial profile, ε(z) varies with repack-
ing [27], but the mean porosity retains the same value.

We also generated a 2D porosity distribution in X–Y
coordinates for a bench-scale rectangular bed packed
with 3 mm particles as used in our discrete cell model
approach [23,24]. The inflow gas is distributed uni-
formly with given superficial velocity, whereas inflow
liquid is treated as either in steady flow or in periodic
flow with uniform or non-uniform distributors.

3. Ensemble-averaged kkk-fluid model

The ensemble-averaged Eulerian/Eulerian k-fluid
model implemented via CFDLIB, developed by Los
Alamos National Laboratory [29], is used as a tran-
sient multiphase flow simulation tool. The model has
been adapted to the packed bed, and therefore, can
handle gas and liquid concurrently flowing down-
wards with a stationary solid phase [23,30,31]. The
detail descriptions of CFD modeling efforts and model
applications in packed beds are available elsewhere
[30]. Here we only provide the key flow equations and
the closure laws for trickle-bed modeling as follows:

Equation of continuity:

∂ρk

∂t
+ ∇ · ρkuk = 0 (1)

Equation of momentum:

∂ρkuk

∂t
+ ∇ · ρkukuk

= FD(k–l) + ρkg + θk∇p − ∇ · 〈αkρ0u
′
ku

′
k〉 (2)
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Fig. 1. Bench-scale cylindrical packed bed and its porosity descrip-
tion: (a) computer generated 2D axisymmetric solid volume frac-
tion distribution; (b) radial porosity profile, ε(r); (c) axial porosity
profile, ε(z).

The momentum exchange term, FD(k–l) is expressed
as a product of the momentum exchange coefficient,
phase volume fractions and relative velocity of the two
phases k and l as below

FD(k–l) = θkθlXkl(uk − ul) (3)

Xkl is calculated by the two-phase flow Ergun equa-
tion [31] in which constant Ergun parameters are used
in this study (E1 = 180, E2 = 1.8). The effect of
bed topology on Ergun parameters found in the bed
scale phenomenological model [31] has been taken
into account by the porosity distribution used in the
flow distribution simulation. The exchange coefficient
between liquid and solid phase (L–S) and gas and
solid phase (G–S) can be written as

Xks = (AksµkVk + BksρkV
2
k )

1

θs |uk| (4a)

Aks = 180
θs

2

θ3
k d2

p

(4b)

Bks = 1.8
θs

θ3
k dp

(4c)

For gas–liquid drag, Xgl either no interaction is
assumed for the low interaction regime [32] or the drag
coefficient of two-fluid interaction model [33] is used

Xgl = θg

ε
(AglµgVr + BglρgV

2
r )

1

θl |ug − ul | (5a)

Agl = 180
(1 − θg)

2

θ3
g d2

p

(
θs

1 − θg

)2/3

(5b)

Bgl = 1.8
(1 − θg)

θ3
g dp

(
θs

1 − θg

)1/3

(5c)

Vr = θg|ug − ul | (5d)

The influence of phasic pressure differences due to
the interfacial tension and the gradient of liquid vol-
ume fraction, which reflects the contribution of capil-
lary force on liquid flow distribution, is also taken into
account in pressure calculations by Eq. (6). This equa-
tion was proposed by Grosser et al. [34] and modified
by Jiang et al. [23] by introducing the particle wetting
factor (f), which can be evaluated by the correlation
of particle external wetting efficiency (see [35]).

pL = pG − (1 − f )
θsE

0.5
1

(1 − θs)dp
σs

×
[

0.48 + 0.036 ln

(
1 − θs − θL

θL

)]
(6)

The Reynolds stress term (∇ · 〈αkρ0u
′
ku

′
k〉) is neg-

ligible in simulating macroscale flow although it may
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be important for local scale flow modeling at high
Reynolds number in packed beds [24].

4. Numerical simulation results and discussion

To demonstrate the capability of this model, we ex-
amined both the spatial distribution and the temporal
phenomena associated with liquid flow at steady state
and under periodic inflow conditions. Fig. 2 shows the
spatial distributions of phase volume fraction, inter-
stitial velocity and pressure at steady state inflow con-
dition (Ug0 = 6 cm/s and Ul0 = 0.3 cm/s). Higher
liquid holdup (THE2) occurs in higher porosity zones
(1.0-THE1) such as in the wall regions. Since local
porosity value is changed by repacking the column
even when using the same particles and procedure,
it is clear that the point measurement of liquid–solid
mass transfer coefficient (ka)ls using a conductivity
method in repacked beds may result in a large scatter
in data, which may lead to erroneous conclusions
based on single point experiments [36]. Local mea-
surement with a fixed structural matrix may give some
meaningful data by a statistically generated set of
large number of experimental conditions [37], which
may be very time consuming. Since the radial com-

Fig. 3. Liquid holdup distribution in a periodic liquid inflow modal (15 s-on and 45 s-off) (left) and steady sate modal (right) in 1 in.
cylindrical packed bed at Ug0 = 6 cm/s and Ul0 = 0.3 cm/s.

ponent of velocity is relatively much smaller than the
axial component and also normally distributed around
the zero value, only the axial velocity component (Vz)
is shown in Fig. 2 for the liquid (V2) and the gas (V3).
Inspection of these figures indicate that, lower the
porosity, lower the liquid holdup, and lower the liquid
interstitial velocity. We do find some back flow of gas
in Fig. 2(e), which is similar to the experimental find-
ings for liquid upflow inside packed beds reported by
Sederman et al. [13]. The negative local gas velocity
leading to local counter-current flow of gas and liquid
may explain why in the high interaction regime the
slit model of Holub et al. [32] needed to be modified
by Al-Dahhan et al. [38] to include a ‘negative’ slip
between gas and liquid at the gas–liquid interface.
More back mixing can be expected for gas flow in
high pressure trickle-bed reactors due to the negligible
gravity effect at elevated pressure. In general, pressure
decreases along the bed axis (see Fig. 2(f)), however,
relatively low pressure values occur at the wall region
at each cross-section of the column due to higher
porosity in proximity of the wall. This may cause er-
rors in pressure measurement if one detects pressure
just at the wall. Inserting multiple pressure sensors at
different radial position is a way to avoid such errors;
however, special care does need to be taken for the
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disturbance that the sensors can cause in the local flow
distribution.

The temporal phenomena of liquid flow are shown
in Fig. 3 in a 1 in. cylindrical tube with uniform

Fig. 4. (a) Solid holdup (THE1 = 1.0-bed porosity) distribution in the model 2D rectangular bed. Snapshot of liquid holdup (THE2)
contours at (b) steady state liquid feed; (c) t = 15 s; (d) t = 25 s; (e) t = 40 s from start of the liquid ON cycle (left) in comparison with
steady state holdup contours (right).

gas inflow but with a periodic liquid inflow (60 s
cycle time = 15 s turn-on+45 s turn-off as used in re-
action studies of Lange et al. [39], Castellari and Haure
[40], Khadilkar et al. [26]). Since the axisymmetric
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assumption is used in the simulation, there is no way to
catch all the real time scales of the flow, but we are able
to look at the time scale in the axial direction due to
the dominant velocity component (Vz). It is found that
the simulated liquid flow readily reaches the steady
state values because the fluid cannot flow azimuthally.
Once the front of the liquid stream reaches the bottom
of the packed bed, the flow field is developed as shown
in Fig. 3. The liquid draining from the bed takes time
and certain amount of liquid still stays in the bed even
after another 15 s.

A test case with a possibility of significant liq-
uid maldistribution was chosen for investigating the

Fig. 5. Comparison of cross-sectional liquid holdup profiles at different axial locations under steady (filled squares) and unsteady state
operation ((a), Z = 1.8 cm; (b), Z = 18.9 cm; (c), Z = 26.1 cm) ((�) 15s; (
) 25s; (×) 40s; (�) 55s).

effects of induced liquid flow modulation. A 2D rect-
angular model bed of dimensions 29.7 cm × 7.2 cm
was considered with pre-assigned porosity values to
different cells (33 in the vertical (Y) direction and 8
in the horizontal (X) direction as shown in Fig. 4a).
Liquid flow was introduced at the two central cells
at the top of the bed at mean superficial velocity of
0.1 cm/s, while gas flow was introduced in the rest
of the cells at a superficial velocity of 10.0 cm/s in
simulations of both steady and unsteady state op-
eration. Steady state simulations show evidence of
significant liquid maldistribution, particularly at the
top and bottom of the reactor. Complete absence of
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liquid is seen in zones near the bottom of the reactor
(Fig. 4b (right)).

The liquid flow distribution observed in the steady
state case was compared with transient simulations
carried out with a liquid flow ON time of 15 s and a
total cycle time of 60 s (45 s liquid OFF).

Snapshots of liquid flow distribution were taken at
several time intervals (t = 15, 25, 40 s from begin-
ning of liquid ON time) (Fig. 4c–e) to compare them
with the steady state liquid holdup data obtained in
the steady state case (Fig. 4b). Liquid holdup variation
over the reactor cross-section is depicted at several
axial locations at different times in a typical flow
modulation cycle (Fig. 5a–c). These figures clearly
demonstrate that unsteady state operation ensures bet-
ter uniformity in liquid distribution at all locations
compared to that observed in steady state operation.
This improved distribution, though not perfect, does
ensure enhanced liquid supply to all locations not pre-
viously possible during steady state (in particular, the
bottom zone shown in Fig. 5a). This clearly shows
that induced flow modulation results in better liquid
spreading and even distribution of liquid over the en-
tire cross-section at each axial location at some point
in time in the cycle. This also indicates that although
the average liquid holdup at each location may not ex-
ceed the steady state holdup, the reactor performance
may still be enhanced due to higher than steady state
holdup for a sub-interval of the entire cycle. This time
interval of enhanced liquid supply can allow exchange
of liquid reactants and products with the stagnant liq-
uid and with the catalyst pellets present in any partic-
ular zone. Another observation that can be made from
Fig. 4e is that for some time interval, all zones in the re-
actor become almost completely devoid of liquid, and
can allow enhanced access of the gaseous reactant to
externally dry catalyst during this time interval. Tem-
perature rise and internal drying of catalyst and faster
gas phase reaction may also occur in this interval,
which can be quenched by the liquid in the next cycle.

The above simulation demonstrates the possibility
of controlled rate enhancement due to induced flow
modulation. It also facilitates our understanding and
visualization of the phenomena occurring in the reac-
tor. It confirms the reasons behind improved unsteady
state performance observed experimentally and sim-
ulated in the reaction transport models [26,39–42].
It seems that upon scale up large reactors operated

with flow modulation should perform with the same
enhancement over steady state operation as seen in
the scaled down version.

5. Concluding remarks

CFD flow modeling of bench-scale packed beds
provides valuable information for improving experi-
mental protocol and data interpretation of scale down
reactors. To evaluate the impact of the flow distribu-
tion on the performance of packed bed reactors for a
given kinetics, a mixing-cell network model has been
proposed as sequential model in which the k-fluid
CFD model results are used as input information on
the multiphase flow field [43]. The combination of this
work with the developed mixing-cell network model
allows one to evaluate the performance of bench-scale
packed bed reactor more realistically, even for the
system of complex reaction kinetics. Experimental
validation of this work should be possible by using
advanced non-invasive tomgraphic techniques such
as MRI and high-resolution CT.
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